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Abstract

Reversible solid oxide cells (rSOCs) present a unique possibility in comparison to other available tech-

nologies to generate electricity, heat and valuable fuels in one system, in a highly-efficient manner. The

major issue hindering their commercialization are system reliability and durability. A detailed understanding

of the processes and mechanisms that occur within rSOCs of industrial-size, is of critical importance for

addressing this challenge.

This study provides in-depth insight into behavior of large planar rSOCs based on a comprehensive ex-

perimental and numerical study. All the numerical data obtained are validated with the in-house made

cells and experiments. The sensitivity analysis, which covers a wide range of operating conditions relevant

for industrial-sized systems, such as varying operating temperature, H2/H2O-ratio, operating current etc.,

provides very good accordance of the cell performance measured and simulated. It reveals that lowering

fuel volume and thus causing fuel starvation has more pronounced effect in an electrolysis mode, which is

visible in both the low-frequency and the middle-frequency range. Moreover, both co- and counter-flow are

appropriate for the reversible operation. However, more uniform current density distribution is achievable for

the counter-flow, which is of crucial importance for the real system design. The most accurate performance

prediction can be achieved when dividing the cell into 15 segments. Slightly lower accuracy is reached by

logarithmic averaging the fuel compositions, thus reducing the calculation time required. A computationally-

and time-efficient model with very precise performance prediction for industrial-sized cells is thus developed

and validated.
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1. Introduction

An increased share of renewable energies in the European electricity production mix brings additional

uncertainties regarding planning and prediction of available capacity. In order to still be able to provide

security of supply and grid stability a higher flexibility of energy supply systems is necessary. This can be

achieved by expansion of energy storage systems, which store energy during phases of excess availability and

then feed back into the grid according to demand. [1--3] Reversible solid oxide cells (rSOC), which are able

to generate both electricity and heat in fuel cell mode and to produce valuable fuels in electrolysis mode

are considered to be a promising technology for hydrogen-based energy storage systems. [4] It has to be

noted here that rSOC systems are to date the only available technology, which can operate in fuel cell and

electrolysis mode in one single system. Any other technology needs at least two separate systems.

One major challenge of rSOCs is the degradation of cell performance over time. Recent advances in mate-

rials engineering and processing technologies extended fuel cell lifetime and significantly reduced degradation

rates down to 0.5%/1000 h, even for extremely long operation times (> 10,000h) [5--7]. Nevertheless, cells

optimized for fuel cell mode present significantly higher degradation rates of 2-5%/1000 h when operated in

electrolysis mode [8, 9]. While the most frequent degradation modes occurring on the hydrogen electrode are

caused by contaminants or impurities in fuel cell mode or as a consequence of Ni-spreading and Ni-loss in

electrolysis mode [10, 11], the performance of the oxygen electrode is mainly affected by delamination of the

interface oxygen electrode/electrolyte layer and the formation of secondary phases [5]. Degradation of the

electrolyte can occur as a consequence of formation of defect associates, which reduce the mobility of oxygen

vacancies in the crystal lattice and microcracks [12] or prevented diffusion processes, formation of Kirkendall

voids [13, 14] and the formation of oxygen in the electrolyte [15]. Nevertheless, besides the material issues,

which cause long-term degradation, specific operating conditions can lead to the accelerated degradation. In

order to enable a reliable operation and longevity of reversible solid oxide cells, the design of experiments

has to be carefully planned. This includes taking into account operating parameters such as current density,

voltage, temperature and gas composition. Therefore, in order to select suitable operational conditions to

reduce degradation rates, it is essential to gain detailed understanding of reactions and processes that occur in

rSOC cells, their impact on the cell performance and subsequent possible degradation mechanisms. [5, 16, 17]

Individual processes and process parameters in the rSOC system are difficult to access experimentally,

but can be easily accessible when using simulation tools. Depending on the application of a model developed

and the requirements in terms of accuracy and scale, different model approaches have been developed. In

black box models the transmission behavior is determined between predefined input and output parameters

which are based on existing data, whereby the system structure and physical backgrounds are not taken into

account. [18, 19] More complex gray box models utilize the basic structure of the system, while the single

elements are also parameterized by measured data. The modeling of the cell behavior based on physical laws
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is an alternative approach, which enables the identification of processes and their connection to chemical,

physical and geometrical properties. [20, 21] 0D thermodynamic models represent a simple solution for

simulation of the performance achievable, e.g. reactions within electrolysers and fuel cells are considered

simply as catalytic reactions [22]. While 1D physical electrochemical models provide detailed information on

mass transport, heterogeneous chemistry and porous media transport, they also require a strong dependency

the output parameters on the input parameters such as operating conditions [23]. 1D models are presented to

be able to analyse a dynamic behavior of both SOFC and SOEC and to suggest appropriate control strategies

[24, 25]. Advanced 2D models offer deeper insight into the spatially-resolved rSOC performance such as local

temperature, current and potential distribution, gas distribution, heat fluxes and overpotentials while also

giving information about their impact on the overall performance [26, 27]. In [28] a 2D- transient single

channel model is developed to illustrate performance of rSOC when operating under hydrogen and syngas.

Detailed simulations led to the conclusion that an H2/H2O mixture is more appropriate for a reversible

operation, while the operation under syngas can be seen as challenging in terms of switching between the

two operating modes. State-of-the-art 3D models with commercial computational fluid dynamics codes

provide very precise information on species distribution of the chemical and electrochemical reactions [29].

3D simulations can also be used in a very effectively manner to improve performance of SOC or even for

making a selection of the most appropriate material designs to enhance electrochemical reactions. In [30] the

authors developed a novel porous flow-field design based on a 3D-model and compared it with several other

material designs, thus enabling an optimization of the SOEC system. Moreover, when expanding the model

from the single-cell up to the stack level, very important information relating to both operation stability and

system durability can be obtained. Knowledge about the transient thermal behavior of cells and stacks is of

great importance in order to predict mechanisms that can trigger thermomechanical degradation mechanisms

and thus for designing the operating environment with the aim of ensuring a stable degradation-free stack

operation, as shown in [31]. Next, on the system level, the energy analysis for a 10 kW power to gas system

performed in [32] showed possibilities for increasing the efficiency of the electrolysis systems. However,

according to the authors’ best knowledge, there is still no model available for industrial-sized rSOCs, which

enables very detailed performance simulation considering various operating conditions relevant for real

application, and that is validated by in-house made cells and experiments.

Scope of this study

This work focuses on the numerical and experimental investigations of industrial-sized solid oxide cells

operated in a reversible mode. A detailed physical model based on 120 equations was built to analyze cell

performance in both operating modes and to obtain a detailed insight into processes and loss mechanisms.

By carefully selecting the fundamental equations, quantitative predictions for operation in both fuel cell and

electrolysis mode can be made, ensuring extensive validation of the model and detailed investigation of loss
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mechanisms.

All the data simulated are validated by experimental results acquired for the purpose of this study. A

mixture of hydrogen, water vapor and nitrogen was employed as fuel. A very good accordance between the

simulated and measured data was achieved and the results observed enabled: (i) better understanding of

single processes, which is not possible with purely experimental investigations, (ii) making suggestions for

the improvement of the experimental setup, and (iii) very detailed presentation of performance achievable

for industrial-sized rSOCs. It is important to mention here that the aim of the experimental study was not

to achieve the maximum performance of the cells employed. The cells were embedded in a housing and the

setup was prepared to have slight leakages and not ideal contacting of the electrodes and contacting meshes.

This makes it possible to simulate such failure modes and to see their impact in the simulation results,

when simulating systems of industrial scale, and also for determining failures of this kind when operating

the cells and systems. A physical model of a planar rSOC developed enables the predicting of polarization

curves, electrochemical impedance performance and distribution of relaxation times under different operating

conditions, thus including varying operating temperatures, fuel and air volume flows, fuel and air/oxygen

composition, as well as flow conditions. One of the most common methods for analysis of processes in

fuel cells, the electrochemical impedance spectroscopy (EIS), was applied in-operando as a state of health

diagnosis method. The data obtained were used to derive and interpret the equivalent circuit model (ECM)

and evaluate distribution of relaxation times (DRT), or simply to analyse geometrical aspects of the EIS

curve. ECM is a combination of ideal electrical elements that simulate charge transfer, mass transport

and other processes. DRT is sort of an equivalent way to express information contained in ECM, in which

the frequency-dependent impedance values are converted into a spectrum of resistors according to their

relaxation times. This makes it easier to differentiate between the individual loss mechanisms, even if the

associated time constants are close together. The basis of this conversion is the splitting of the impedance

into a distribution of serially connected RC elements. [21, 33--35] The measured and simulated results could

thus be compared with each other.

Although the model enables very detailed analysis of rSOCs in both operating modes, the aim was not to

develop complex 3D models, which are computationally- and time-intensive, but the model, which gives as

much detailed information as possible in a time-efficient manner. The model presented in this study was

developed in MATLAB and according to the authors’ best knowledge no such model is currently present

in the literature. It is based on the physical laws and presents a time-efficient solution for very detailed

performance assessment of industrial-sized rSOCs, which is of crucial importance for development, operation

and optimization of rSOC systems. For its validation in-house made cells and experimental data are used.

The model developed can easily be implemented into available tools for prediction of cell performance,

comparison of monitored and predicted performances and thus be also used to extend control algorithms.
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2. Experimental setup

The experimental investigations were carried out on single-cells embedded in a ceramic-cell housing

and the data obtained were used to validate the model developed. For this purpose, voltage measurement,

polarization curve, electrochemical impedance spectroscopy (EIS), extensive temperature measurements and

off-gases analysis were conducted. Fuel electrode-supported solid oxide cells (further in the text referred as

SOC) were employed. The fuel electrode was fabricated as Ni/YSZ, mixing raw nickel oxide powder with

8 mol% YSZ and sintering it at approximately 1,200◦C for 5 h. Afterwards, the anode composed of NiO and

8YSZ was screen-printed on the YSZ support. In order to ensure the gas-tightness of the 8YSZ electrolyte, it

was co-fired at 1,400◦C for 5 h. A barrier layer between the electrolyte and the cathode was composed of

GDC. On the top of it, the LSCF perovskite cathode was screen-printed and sintered at 1,080◦C. The overall

area of the single-cells was 10 cmx 10 cm with an active area of 80 cm2. The cell geometry is illustrated in

Fig. 3b.

An illustration of the test rig used is provided in Fig. 1. The cells were embedded in a ceramic cell housing,

which was fabricated as alumina. When using a ceramic cell housing it is possible to avoid unwanted failure

modes can be avoided, which could occur when employing metallic cell housing. The cell anode and cathode

were supplied with gas via gas pipes. The gas inlet and outlet pipes are ceramic and heated up to the

operating temperature in an electrical furnace. The operating temperature was varied between 700◦C, 750◦C

and 800◦C for the purpose of the detailed investigations. The fuel electrode was supplied with a mixture

of hydrogen/steam/nitrogen, since the cells are operated in a reversible mode. The same gas composition

can thus be used in both operating modes. Hydrogen is always required at the fuel electrode inlet in order

to prevent oxidation of the anode in a fuel cell mode and cathode in an electrolysis mode, respectively. In

parallel, the air electrode is supplied with air.

The operating parameters applied for experimental investigations, thus considering gas composition, fuel and

air volume flow and operating temperature, are shown in Tab. 1. Volume flow of individual gas components

was controlled using mass flow controllers (MFC). An ABB gas analyser is used for analyzing the volumetric

fraction of single gas components at both the anode inlet and outlet sides.

In order to achieve a desired degree of gas-tightness between the electrodes, glass sealing was used. In

addition, ceramic frames were used. Ni-meshes were used for contacting on the fuel electrode. A platinum

mesh was applied on the oxygen electrode. The temperature was measured at 6 different points on the fuel

electrode, 6 points on the oxygen electrode as well as on the fuel and air inlet and outlet (4 points). A

mechanical load was applied, which can be increased up to 1 kg/cm2, in order to decrease the contacting

resistance. A more detailed description of the cell housing can be found elsewhere [36--38].
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Figure 1: Comparison of cell performance when varying operating temperature, fuel volume flow and oxygen concentration on
the oxygen electrode.

Table 1: Operating parameters used.

Fuel electrode Oxygen electrode
Influencing variable ϑ xH2 xH2O xN2 V̇F xO2 xN2 V̇O

Variants (Abbrevation) ◦C % % % SLPM % % SLPM
Temperature
(T) 700 30 30 40 2 21 79 1.6

750 30 30 40 2 21 79 1.6

800 30 30 40 2 21 79 1.6

Volume flow
Fuel electrode (V) 750 30 30 40 2 21 79 1.6

750 30 30 40 0.85 21 79 1.6

Gas composition - Fuel electrode
(XF1) 700 45 15 40 2 21 79 1.6

(XF2) 700 30 30 40 2 21 79 1.6

(XF3) 700 15 15 70 2 21 79 1.6

Flow configuration
Co-/Counter-flow (F) 750 30 30 40 2 21 79 1.6

For the purpose of electrochemical analysis, measurements of polarization curves and electrochemical

impedance spectroscopy were performed. A Bio-Logic impedance analyser with an 80-A booster was employed
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for this purpose. It is designed for 4-quadrant operation and can thus be used both as a potentionstat and a

galvanostat, with an option to control DC and AC signals. Before starting electrochemical measurements,

an effort was made to achieve a state of equilibrium. The polarization curve measurements were performed

by applying the current ramp of 40 mA/s. The impedance measurements were performed in a galvanostatic

mode, by superimposing an AC current wave in the frequency range 100 mHz-10 kHz with 10 points/decade.

Since the booster was used, the maximum frequency was limited to 10 kHz. The AC value was set to a count

of 4% of the DC value for the specific operating point. The EIS measurements were performed in the entire

load range. The impedance data obtained were further analyzed by applying distribution of relaxation times

methodology and the software used for this is detailed explained in [34].

3. Creation of a simple model for rSOC simulation

In order to both numerically examine and predict performance of the reversibly operated SOCs of

industrial size, a model based on physical parameters was built. The equations used are selected to be

appropriate for both the fuel cell and the electrolysis mode. Employing the fundamental model equations

it is possible to simulate polarization curves, electrochemical impedance spectroscopy and detailed loss

distributions. A total of 120 equations were employed for the model development. They enable to integrate

thermodynamics, charge transfer, mass transfer in both electrodes and flow field, and reaction kinetics into

an advanced model. The boundary conditions are set based on the experimental setup, described in the

previous section. A detailed explanation of all the parameters used in the equations can be found in the list of

symbols. We will not show all of the equations that were used in this study, but only the most representative

ones. In this section, the detailed insight into the modeling steps is given, especially with regard to charge

transfer, mass transfer in electrodes, mass transfer in flow field as also polarization and the impedance model.

The simplified flow chart used for carrying out experimental and numerical investigations within this study

is shown in Fig. 2.

3.1. Fundamental equations

The energy conversion in fuel cells can be described focusing on the basic thermodynamic principles. The

chemical reactions of crucial importance in this study are hydrogen oxidation in the fuel cell mode, and in

the opposite direction, steam dissociation in the electrolysis mode:

H2 +
1

2
O2 
 H2O (1)

Besides the macroscopic thermodynamic consideration, for which only the initial and end conditions are

taken into consideration, additional information on the occurring processes can be gained by considering the

reaction kinetics. In the equilibrium state, the forward and back reaction rates are equal and the current
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Figure 2: Flow chart showing the basic principle of modeling and experiments.

density that occurs is indicated as an exchange current density. Nevertheless, if the operating state diverges

from the equilibrium state, the exchange current density is not equal for the forward and back reactions,

thus resulting in the net current density, as follows [39]:

i = ∆ii = i00 ·
(∏

E

(cm
c0

)|νst,m|
· eα· ze·F ·η

R·T −
∏
P

(cm
c0

)|νst,m|
· e−(1−α)· ze·F ·η

R·T

)
(2)

in which α is the transfer coefficient, η indicates the overvoltage losses, and c is related to the species

concentration.

In contrast to the ideal operating conditions, different effects occur under real operating conditions, which

reduce the fuel cell performance. The deviation from the ideal voltage is specified by overvoltage losses.

They can be divided into the equilibrium share (η0), for which operating current equals zero, and the

current-depending share (ηi), as follows [40]:

η = η0 + ηi (3)

In the equilibrium state, the current density is considered to be zero, thus leading to the following overvoltage:

η0 =
R · T
ze · F

· ln

(∏
E+P

(cm
c0

)νst,m)
(4)
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Considering such overvoltage differentiation, the net current can be presented as the Butler-Volmer-Equation

[35]:

i = i0 ·
(
eα·

ze·F ·ηact
R·T − e−(1−α)· ze·F ·ηact

R·T

)
(5)

with the activation overvoltage ηact and the exchange current density i0.

Moreover, the losses are divided into concentration losses, activation losses and ohmic losses. Depending

on the concentration of reactants and products on the electrochemically active reaction sites in comparison to

their concentration under open circuit voltage (OCV) conditions, the local potential and thus the occurring

losses vary in accordance with Eq. 6 [40].

ηconc =
R · T
ze · F

· ln

(∏
m

(
c∗m
cm,0

)νst,m)
(6)

cm,0 refers to the concentration of the specific gaseous species at OCV and c∗m to the local concentrations. In

the present study, all the losses are related to the H2, H2O and O2 components, thus differing between losses

that occur on the fuel electrode and those on the oxygen electrode. Taking the electrochemical reactions that

occur into account, the forward and back reactions are dependent on the required activation energy and thus

the available potential difference, which is presented as a function of charge transfer. A deviation from the

equilibrium state is thus necessary in order to initiate the occurrence of reactions, and thus simultaneously

leading to the irreversible entropy increases and losses [41]. For a special case, in which a transfer coefficient

is defined to be α = 0.5, the Butler-Volmer-Equation (Eq. 5) becomes a hyperbolic sine function and the

overvoltage can be calculated according to the following equation [40]:

ηact =
2 ·R · T
ze · F

· arsinh

(
i

2 · i0

)
. (7)

Finally, the ohmic losses are determined as a function of the area specific resistance r and the operating

current density i [40]:

ηohm = r · i . (8)

In this study, no further losses except those mentioned above are considered, in order to simplify the

calculations. Thus, the cell voltage E is determined as a difference of the Nernst-voltage and the specific

losses that occur during the operation [40]:

E = EN − ηact − ηconc − ηohm (9)
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3.2. Modelling principles

The fuel cell is in general divided into several segments in the flow direction for the purpose of the

simulations performed. The influence the number of segments has on the quality of the data observed will

be discussed later. An illustration of a segment simulation is shown in Fig. 3a. The gas composition in the

flow field of one segment is assumed to be constant and thus all the changes across the flow direction and

taking the direction of the cell thickness into consideration can thus be neglected. The mass transfer only is

considered for each electrode, thus enabling 1D-analysis. However, the division into several segments makes

it possible to analyse the changes that occur in the flow field direction, thus enabling the 2D-analysis. The

segment number is labeled with an index n. The parameter ξ describes the distance from the boundary

layer electrolyte/electrode, and for the flux of species N the transport from the electrolyte layer towards the

gas flow field is considered as positive. The index F always refers to the fuel electrode, whereas the index

O refers to the oxygen electrode. The fuel flow velocity is indicated by v and it concerns the velocity on

both the inlet and the outlet of the segment; the velocity at the outlet is indicated by the same number n

as for the corresponding segment. The index m refers to the gas component; its concentration in the fuel

flow field is indicated by c, and in the electrode by a superscript b. The contacting meshes are in general

considered as a part of the fuel flow field, whereas the meshes with higher layer thickness are considered

as a part of the fuel electrode. In Fig.3b the cell used is presented with the length (l) and width (b) of its

electrochemically active area, as shown in [42]. As already known, in the fuel cell mode the ionic transfer

Flow fieldccm,n,OAO

Oxygen electrodecbm,n,O

Electrolyte

Fuel electrodecbm,n,F

Flow fieldccm,n,FAF

in

Nm,n,O
ξO

Nm,n,F

ξF

vn−1,O vn,O

vn−1,F vn,F

δE

δO

δF

∆y
y, n

(a) Scheme of a channel cross-section.

l

b

(b) Electrochemically active area of the cell.

Figure 3: Basic overview of a simulation model.

occurs in the oxygen electrodes via electrolyte and further through the fuel electrode, which, because of the

negative oxygen ions corresponds to the technical current direction from the fuel electrode to the oxygen
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electrode. Therefore, this direction is considered as positive in the fuel cell mode, and negative in the

electrolysis mode. For both the fuel cell and the gas distributed along the cell, a constant temperature is

assumed, and thus the thermal effects are neglected. Furthermore, in order to simplify the calculations and

considering the available literature, electrochemical reactions are assumed to occur only on the boundary

layer electrolyte/electrode, thus neglecting reactions in the direction of the electrode thickness. In [43], the

numerical investigations carried out showed that reactions strongly diminish with increasing distance from

the boundary layer electrode/electrolyte and thus the reactions can be considered to occur mainly in a region

of several µm.

In the present study, considering the experimental setup and the ceramic cell housing, although a glass

sealing is used, the occurrence of leakages is presumed, which lead to the water vapor production even under

OCV conditions. This is considered in the model by properly corrected gas inlet composition. In addition, it

is assumed that the internal leakage current occurs due to undesired gas and electrons exchange, which is

considered to be constant and thus results in an offset of the polarisation curve [41, 44, 45]. All the relevant

parameters used for the purpose of the simulation are given in Tab. 2.

3.2.1. Charge transfer

The ohmic losses, ascribed to a resistance resulting from the following: (i) electron conduction in the

metallic phase of the electrodes and in contacting meshes, (ii) ionic conduction in the electrolyte, as well as

(iii) contact resistance between (a) single wires within the contacting meshes, (b) meshes and electrodes,

and (c) individual layers; are summarized into an area specific resistance, which is thus presented as a

function of the experimental setup and not solely the rSOC microstructure. Resistance of this kind is

temperature-dependent and its function is displayed in the form of an Arrhenius approach [40]:

r = r0 · e−
Ea,o
R·T (10)

with a pre-exponential factor r0 and the activation energy Ea,o. The parameter values are determined by

fitting of the measured data and as such are presented in Tab. 2. It is assumed that this resistance is equal

to the high-frequency resistance in impedance spectra.

3.2.2. Mass transfer in electrodes

A Dusty gas model (DGM) was used to describe the mass transfer within the porous electrodes, for which

the molar flux of species Nm, the concentrations of individual gas components cbm and the pressure pb are

considered as a function of the coordinate ξ. If the mass transfer occurring in parallel to the cell surface is
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Table 2: Model parameters, cell geometry and charge transfer values.

Parameter Value Unit Source
Length of the electrochemically active area l 8.94 · 10−2 m
Width of the electrochemically active area b 8.94 · 10−2 m
Electrochemical active surface l · b 8 · 10−3 m2

Electrolyte thickness δE 1.5 · 10−5 m [46]
Fuel electrode thickness δF 3.5 · 10−4 m [46]
Oxygen electrode thickness δO 3 · 10−5 m [46]
Fuel flow cross-section on the fuel side AF 1, 2 · 10−4 m2 Estimated value
Flow field cross-section on the oxygen side AO 1, 2 · 10−4 m2 Estimated value
Leakage on the fuel side V̇L,F 5 · 10−3 l

min Measurement data
Leakage current iL 1 mA

cm2 [44]
Inductivity of the measuring cables L 5 · 10−9 H Measurement data
Pre-exponential factor for ohmic resistance r0 5.47 · 10−8 Ω

m2 fit
Activation energy Ea,o 5.64 · 104 J

mol fit
Fuel electrode
Transfer coefficient αF 0.75 − [42]
Pre-exponential factor hydrogen-desorption γH2

1.22 · 108 Pa√
K

[42]

Activation energy desorption Ea,des 8.812 · 104 J
mol [42]

Pre-exponential factor γF 2.2 · 108 A
m2 fit

Activation energy Ea,F 8.49 · 104 J
mol [43]

Capacitance between fuel electrode and electrolyte CF 25 F
m2 fit

Oxygen electrode
Transfer coefficient αO 0.5 − [47, 48]
Pre-exponential factor γO 8 · 109 A

m2 fit
Activation energy desorption Ea,O 1, 2 · 105 J

mol [47, 48]
Capacitance between oxygen electrode and electrolyte CO 10 F

m2 [49]
Fuel electrode
Average pore radius rp,F 10−6 m SEM
Average particle diameter dp,F 3 · 10−6 m SEM
Tortuosity τg,F 3.5 − [42]
Porosity Φg,F 0.35 − [42]
Oxygen electrode
Average pore radius rp,O 5 · 10−7 m SEM
Average particle diameter dp,O 10−6 m SEM
Tortuosity τg,O 3.5 − [42]
Porosity Φg,O 0.35 − [42]

neglected, the following equation is valid for each component m [50]:

∑
l

l 6=m

cbl ·Nm − cbm ·Nl
cb ·De

ml

+
Nm
De
mK

= −∂c
b
m

∂ξ
− Bg · cbm
µ ·De

mK

· ∂p
b

∂ξ
(11)
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in which, De
ml represents the binary diffusion coefficients of the components l and m, the effective Knudsen

diffusion coefficient De
mK , the permeability Bg and dynamic viscosity µ of the gas mixture. The terms

on the left-hand side describe the diffusion in a multi-component system according to the Stefan-Maxwell

model and the interaction of the gas components with the porous structure, whereby the last term on the

right-hand side refers to the advective mass transfer in the form of a Darcy equation. For the purpose of

the model simplification, the diffusion coefficients are taken into consideration as constant on the boundary

to the flow channels, thus resulting in linear pressure and species quantity distribution. A comparison is

made for the results observed when using constant diffusion coefficients and the data implemented from the

Matlab ode45 algorithm for a current density of ±500mA/cm2 in both fuel cell and electrolysis mode. In

Fig. 4, distribution of the selected parameters for a stationary case on the fuel electrode is illustrated. The

parameter values used in the model are listed in Tab. 2, whereby the mean size of the porous structures is

estimated based on the scanning electrode microscope (SEM) images. The diagrams show that the results

observed in the current range of interest can be considered as linear and they show very good accordance with

the data obtained when using linear diffusion coefficients. The change in the effective diffusion coefficients

within the electrode is very low and the assumption of constant values results in very low deviations that

can be neglected. The effective diffusion coefficient of water vapor is lower than that of hydrogen, whereby

in the fuel cell mode its partial pressure on the boundary layer electrode/electrolyte increases slightly and

decreases slightly in the electrolysis mode, since in the first case water vapor is formed and in the latter case

consumed. The pressure changes can also be effectively reproduced using the constant diffusion coefficients;

these can be neglected, however, in the current range considered. Furthermore, a higher nitrogen fraction

in the fuel mixtures leads to a decrease in the H2O and H2 diffusion coefficients, and as a consequence the

concentration variation in the electrode increases for constant current density. Simultaneously, the influence

of nitrogen on the pressure change is very low.

3.2.3. Mass transfer in the flow field

The mass transfer processes within the flow field are calculated based on conservation equations of mass,

momentum, energy, charge as well as species balance. Under the assumption that pressure and temperature

within the entire flow channels as well as the species concentration and velocity within the cross-section are

constant, the mass transfer can be described based on 1D species balance equation. Numerical investigations

carried out by other researchers showed that diffusion along the flow field direction has a very low impact

on the polarization curve and impedance spectra, even under very high currents (> 600mA/cm2) [51].

Considering this, the species balance equation, under the assumption of ideal gas behavior, can be used as

follows [52]:
∂ccm
∂t

+
∂(ccm · v)

∂y
=

b

A
· ṡm (12)
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Figure 4: Distribution of selected parameters in the fuel electrode based on DGM ( H2, H2O, N2) and comparison
with results using the constant diffusion coefficients ( H2, H2O, N2) for species quantities in fuel flow channels for (i)

15%H2 und 85%N2 at 500mA/cm2, (ii) 30%H2, 30%H2O and 40%N2 at 500mA/cm2, and (iii) 30%H2,
30%H2O and 40%N2 −500mA/cm2.

with ccm as molar concentration, v flow velocity, b electrochemically active width of the fuel cell, A as

cross-section area of the flow channel, and ṡm is the molar current density on the electrode on the boundary

to the flow field. For a segment analysis a spatial discretisation of the species balance equation according to

the finite difference method with the backward difference for positive flow velocity is used, as shown in the

following equation [52].
∂ccm,n
∂t

+
ccm,n · vn − ccm,n−1 · vn−1

∆y
=

b

A
· ṡm,n (13)

3.2.4. Polarization curve and impedance model

Calculation of the polarization curve occurs according to Eq. 9 (Nernst-voltage less all the occurring

voltage losses, which are considered as a function of local current densities and gas composition.) The

gas compositions can also be considered as a function of the operating current. In order to illustrate the

cell impedance the fundamental equations are linearized and the loss potentials are approached by Taylor

series. On the assumption that electrochemical reactions are characterized by a very low time constants, the

frequencies examined can be considered as quasi-stationary. Therefore, there is no explicit time-dependency

in the relation between potential losses that occur as a result of specific reactions. These can be calculated

according to the following equation [53]:

η(i, x) ≈ η(i, x) +
∂η

∂i

∣∣∣∣
−
· (i− i) +

∂η

∂x

∣∣∣∣
−
· (x− x) (14)

in which x depicts further current density dependent parameters. Because of the linearization applied, the

system response on the harmonic input variable is the harmonic output variable with the same frequency,
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but the varied amplitude and the phase. Thus, the solution obtained can be presented as follows [53]:

i = i+ Re
(
î · ej·ω·t

)
η = η + Re

(
η̂ · ej·ω·t

)
x = x+ Re

(
x̂ · ej·ω·t

)
(15)

Eventually, the area specific impedance z is calculated as a ratio between the voltage and current amplitudes

[53]:

z =
η̂

î
. (16)

If the cell is considered as one segment, the entire simulation can be simplified towards 1D-simulation. It

is assumed that the operating conditions remain constant within the segment and the voltage amplitude is

determined as a sum of the amplitudes of single voltage losses, which are linked to the current amplitudes of

the specific segment and the alternations in the gas composition due to the related transfer function. For the

2D-model, the cell is divided into several segments and in that case, it was assumed that the cell voltage and

the complex amplitude are equal for all the segments. The current amplitudes give more detailed information

about alternations in the gas composition in the flow channel, which impact the following segments. The

overall impedance can thus be calculated according to [53]:

Z =

(∑
n

b · ∆y

zn

)−1

(17)

The equivalent circuit models used to simulate impedance for both 1D- and 2D-model are shown in Fig. 5.

(a) Equivalent circuit for 1D model.

(b) Equivalent circuit for 2D model.

Figure 5: Equivalent circuit used.

4. Model validation and experimental study

In this section the results obtained in the simulation study are presented and compared with the

experimental results. Thus, model validation and an analysis of the deviations observed are provided. There

15



are several reasons based on which differences in the simulated and measured values can occur, such as e.g.

assumptions made for the model design and parameters selection. Furthermore, it is also possible that the

experimental setup impacts the ideal operating conditions, thus causing variations of the results expected.

The operating conditions under which the measured data are obtained and which are used here for the model

validation can be seen in Tab. 3. Detailed insights into the impact of specific parameters on the results are

Table 3: Initial operating conditions applied for model validation.

Parameter Without H2O With H2O
Temperature 800 ◦C 750 ◦C
Gas composition fuel electrode 15 %H2, 85 %N2 30 %H2, 30 %H2O, 40 %N2

Volume flow fuel electrode 2 SLPM 2 SLPM
Gas composition oxygen electrode 21 %O2, 79 %N2 21 %O2, 79 %N2

Volume flow oxygen electrode 1.6 SLPM 1.6 SLPM

given here, which are the gas composition in flow channel, number of segments, flow configuration, transfer

coefficient, operating temperature, fuel volume flow and fuel composition.

4.1. Gas composition in the flow channel

As already described in the previous section, the gas composition within the fuel flow field is assumed to

be constant. However, there are different criteria available to determine such constant gas composition: (i)

gas composition is assumed to be same on the segment inlet and outlet, (ii) logarithmic average value of the

concentration of single components at the inlet and outlet of the segments, and (iii) by cell division into

15 segments. For the purpose of simulating gas distribution in the flow field, dry hydrogen fuel was used,

since it causes the highest changes of the gas composition along the cell as well as a function of operating

conditions. In Fig. 6 the measured voltage (indicated by cross symbols), simulated voltage (indicated by

solid black line) and single losses (represented by colored areas) are presented. When considering single

losses, these are separated into activation losses (act), concentration losses caused by changes in the flow

channels (conc, chan) and in the electrodes (conc, diff), on the fuel side (F ), on the oxygen side (O) as

well as ohmic losses (ohm). In the first case for which the constant gas composition in the flow channel

is assumed, as shown in Fig. 6a, no concentration losses occur in the flow channel, because the variation

of the gas composition is not considered. Therefore, it is not possible to simulate losses that occur as a

consequence of high operating currents and high fuel utilization rates. This is clearly visible in the diagram,

since on increasing the current density, the discrepancy between the measured and the simulated curves

increases significantly. In comparison, the 2D representation created by dividing the cell into 15 segments

results in increasing concentration losses and slightly increasing activation losses on the fuel side with an

increasing operating current, as can be seen in Fig. 6c. In the low current density range (< 100mA/cm2),

the losses remain almost identical. The results observed using logarithmic averaging (see Fig. 6b) of the gas
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Figure 6: Comparison of the measured and simulated polarization curves and separation of single losses as a function of
different ways for determination of gas composition in the flow channels.

concentrations within the flow channels are similar to those observed for the 2D simulation. However, in this

case the concentration losses first increase strongly at higher operating currents (> 400 mA/cm2). However,

in comparison to the measured data, both latter models show lower losses and with no such abrupt decrease

as that observed for the measured polarization curve.

This discrepancy can on the one hand be explained as a consequence of 3D effects such as non-uniform

current density distribution over the cross-sectional surface, which are not considered in this numerical study,

because of the model complexity that would avoid the main goal of this study. Numerical study devoted to

the investigation of fuel flow within the ceramic cell housing used [38], showed that when using the proposed

geometry an area with a 25% higher flow density on the oxygen side and 15% higher on the fuel side is

formed, whereby the volume flow decreases in the remaining cross-section. This could be considered through

the further model extension towards a 3D model and simulation of segments in the cross-sectional direction.

This was not done, however, in the present study. On the other hand, it is possible that the limited gas

distribution within the flow channels causes a concentration gradient in the cross-sectional flow field, which

thus leads to the greater change of the gas composition on the boundary electrode/flow channel and to

increasing losses. A further reason for the changes observed could also be explained based on the results

observed in [38], where it was shown that local water vapor pressure can even vary by as much as about 10%.

The model accuracy could thus be increased using the computational fluid dynamic simulation tools, which

simultaneously have a significant increase on the complexity of the model. Nevertheless, further explanation

is not the issue in the modeling, but in the experimental setup, which is based on the leakage and not ideal

contacting of the electrodes, lowering the measured cell performance.
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4.2. Impact of the segment numbers on the simulation results

For a 2D perspective the cell is divided into segments and electrochemical reactions are taken into

consideration for each segment. Thus, the gas composition on one segment corresponds to the gas composition

obtained at the outlet of the previous segment. In this context current density is considered to be constant

along each segment. On increasing the number of segments the length of each segment and the alteration

within the segment decreases, while the accuracy of the simulated data increases. The impact of the number

of segments on the average current density, distribution of voltage losses as well as electrochemical impedance

spectra and distribution of relaxation times, for an operating voltage of 0.75 V and under operating conditions

defined in Tab. 3, is presented in Fig. 7. In Fig. 7a, a hyperbolic trend of the average current density as a
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Figure 7: Impact of number of segments on the cell performance, when fueling it with dry hydrogen at 0.75V.

function of segment numbers is observable, whereby the curves become flatter with the increasing number of

segments. Increasing the number of segments results in a distinct increase of concentration losses in the

flow field channels on the fuel side, but only a slight increase on the oxygen side. This behavior is most

pronounced until segment 5, subsequently the changes are very slight until segment 15, after which no

changes are observable, as can be seen in Figs. 7a and 7b. When analyzing impedance data observed as
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Nyquist diagrams (Fig. 7c) and DRT-data (Fig. 7d), it can be seen that increasing the number of segments

up to 2 results in distinct changes, for which low-frequency processes are observable. The height of the

low-frequency arc increases with an increasing number of segments, but only up to the segment number 10.

If the number of segments is higher than 10, no further changes occur. In the DRT spectra it is visible that

even middle-frequency peaks initially increase with the increasing number of segments, and additional peaks

are observed between the low- and middle-frequency peaks. Their time constant decreases with the increasing

number of segments and finally they start to merge with the middle-frequency peak. The occurrence of such

an additional peak may be explained by processes that occur under very low water vapor partial pressure, as

at the fuel electrode inlet, and their impact decreases as the length of the segment decreases.

4.3. Impact of the flow configuration

When dividing the cell into segments, it is also possible to investigate the impact of the flow direction

on the cell performance. There are in general, three different possible flow directions: co-flow, counter-flow

and cross-flow. It is also possible to investigate each of these with the experimental setup used in the

experimental study. Under co-flow conditions, the fuel and air directions are same, but these are in the

opposite directions in the case of counter-flow. In Fig. 8 the impact of flow direction on the cell performance

can be seen thus taking the voltage (Fig. 8a), current density (Fig. 8b) and species distribution (Fig. 8c)

observed in the numerical study into consideration.

The polarization curves in Fig. 8a show that the impact of the flow configuration is very low under specific

operating conditions. Moreover, when taking into account current distribution, it can be seen that the impact

of flow configuration is low under low current densities and becomes evident only at higher operating currents.

In such a case the counter-flow results in a more uniform distribution than the co-flow configuration, the

reason for this is the distribution of gaseous species, as presented in Fig. 8c. On the fuel electrode side the

electrochemical reactions in the fuel cell mode lead to a decrease in the hydrogen partial pressure and a

water vapor increase in the flow direction, with the results that the local Nernst-voltages decrease and the

concentration losses increase. The decreasing oxygen partial pressure on the oxygen electrode causes an

increase in concentration losses. Thus, under co-flow conditions the losses on both electrodes increase in the

flow direction and cause a drop in the operating current. The direction of the concentration losses for the

counter-flow configuration is opposite for the two electrodes, thus resulting in a more uniform current density

distribution. In electrolysis mode this effect is very weak, since oxygen is formed and thus the changes in the

oxygen partial pressure are lower. Moreover, the increase in the oxygen concentration increases the exchange

current density on the oxygen electrode and causes lower activation losses.

In the experimental investigations performed, the fuel flow direction remained unchanged, while the air

flow direction was changed in order to achieve the counter-flow configuration. The measured impedance

spectra (Fig. 8d) and the corresponding DRT spectra (8e) show almost no deviations between the co-flow and
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Figure 8: Comparison of numerical and experimental results observed when fueling the cell with humidified fuel considering the
co-flow and counter-flow configuration.

counter-flow. The only difference is observed in the low-frequency range due to noise. This can be caused by

changes in the temperature distribution when reversing the flow direction and also from the occurrence of

leakage caused by changes in pressure distribution.

4.4. Transfer coefficient

The transfer coefficient α is a kinetic parameter, which describes the behavior of the activation energy

required and thus the reaction rates of the forward and backward reactions considered as a function of

the varying electrochemical reactions and their potential within the cell [41]. In order to simulate the cell

performance in a correct way, it is important to first estimate its correct values. For simulation of fuel cells,

α is usually selected to be 0.5 [29]. When simulating reversible operation, however, it is important to consider

the impact of the transfer coefficient appropriate for simulating losses in both operating modes. Fig. 9a

shows the activation overvoltage trend as a function of three different transfer coefficients, 0.5, 0.75 and 0.85,

employing the operating conditions shown in Tab. 3. If α=0.5 (indicated by orange line) a point-symmetric

behavior is observable and losses are identical in both operating modes. In the range of low current densities,
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a linear behavior is observable independent on the α value, thus concluding that in such a range the transfer

coefficient does not impact the curve behavior. In the case if α > 0.5, the activation losses are significantly

lower for positive operating currents, based on which an asymmetric behavior is observable. An asymmetric

behavior of this kind is intensified with the increasing values of transfer coefficients. Their impact is much

more pronounced for negative operating currents in electrolysis mode.

The experimental investigations performed on fuel electrode-supported cells resulted in significantly higher

losses when operating the cell in the electrolysis mode in comparison to the fuel cell mode. Therefore, we

assume that such behavior can be linked to the asymmetric activation losses on the fuel electrode, based on

which α is assumed to be greater than 0.5. In our study, since the cell is operated in a reversible mode, we

performed simulations for two different α values, and compared the results obtained when employing α=0.75,

as available in the literature [42] with α=0.85. The results observed when employing the two different α
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Figure 9: Impact of transfer coefficients of 0.5, 0.75 and 0.85 on the cell performance and comparison with the
measured data.
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values for the simulation study are presented and compared with the measured data in Fig. 9b for polarization

curve, in Fig. 9c for EIS-spectra and in Fig. 9d for DRT-spectra. Comparison of the simulated and measured

polarization curves shows that when considering the fuel cell mode, slightly lower losses are predicted for the

higher α value (indicated by green solid line), whereby in the electrolysis mode significantly higher losses are

predicted than for the lower α (indicated by blue solid line). The EIS- and DRT-plots provide the required

explanation for such behavior, showing that this difference results mainly from the middle-frequency range

and the activation losses. Under OCV conditions, the diagrams are identical for both α, since the losses

in the low-current range are independent on the transfer coefficient in this case and the exchange current

densities are almost the same based on the same partial pressures of H2 and H2O. In the DRT-spectra the

middle-frequency range would appear to result in the highest deviations, which can be explained by several

factors. On the one hand, the reasons are the leakage effects considered in the developed model, which

cause a very low current to flow even under OCV conditions as well as the subsequent alternation of the gas

composition. On the other hand, the conversion of the impedance data to the distribution of relaxation times

can result in specific artifacts. On increasing the current density, the amplitude in the middle-frequency

range in the fuel cell mode decreases and increases in the electrolysis mode, the increase of which is intensified

with the increasing α. Additionally, when increasing α, the dependency of the exchange current density on

the water vapor concentration increases. This even intensifies the rising trend in the electrolysis mode, since

the water vapor concentration decreases with increasing operating current due to the increasing quantity of

hydrogen generated, thus leading to larger activation losses. In the low-frequency range the same trend is

expected as for the middle-frequency range, although only apparent to a much lesser extent, which is also to

be ascribed to the dependency on the exchange current density.

In comparison to the measured data, the simulation results in the entire range show lower losses, the deviation

of which is higher in the electrolysis mode. The Nyquist-plots show the higher high-frequency resistance

for the measured data, which can appear as a consequence of contacting issues in the experiments. The

ohmic resistance values used for the simulation are obtained by curve fitting as a function of the operating

temperature and based on the several measured data available. Moreover, the measured data show even

stronger dependency of the middle-frequency range on the operating current. In this case, employing higher

values for transfer coefficient results in lower deviations between the measured and the simulated data. Next,

the low-frequency range of the Nyquist-plot is also lower in the simulated values, which can occur due to the

processes in the flow channels, as discussed above. Such effects could also provide a specific impact in the

middle-frequency range. The DRT-spectra show very good accordance of the simulated and the measured

time constants. The measured data show additional peaks at approximately τ = 1 s, which can be caused by

the signal noise in the low-frequency range. In the simulation the time constant at τ = 2 · 10−3 s is predicted

as lower, which could refer to higher effective diffusion coefficients for the mass transfer in the fuel electrode.
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4.5. Impact of operating conditions on the cell performance

In the previous sections a comparison was made between the measured and the simulated data. It could

be seen that slight deviations often occur between the modeled and experimental values. The reason for

this lies on the one hand in the choice of the model parameters and on the other hand on the experimental

setup, in which small deviations can also result in considerable performance variations. For example, if there

are leakages in the experimental setup, the volume flow can change within the flow channels and the cell.

Subsequently, it causes changes of the temperature distribution and the equilibrium state. Furthermore,

depending on the fuel used, high temperature differences can occur between the cell inlet and outlet, which

impact the average cell temperature, thus leading to slightly changed operating conditions in comparison to

those applied in the modeling study. For this reason, the impact of three selected operating parameters:

operating temperature, fuel volume flow and gas composition - on the cell performance were investigated in

detail in an experimental study.

The operating temperature is an essential parameter for achieving a sufficient efficiency, both in the fuel

cell and electrolysis mode, since the electrolyte conductivity increases with increasing temperature and the

reaction kinetics are also enhanced. Nevertheless, the possibility for specific degradation mechanisms to

occur in addition to more demanding requirements on the system components also increase simultaneously

with the temperature. The impact of the operating temperature on the cell performance (T) is illustrated in

Figs. 10a and 10b. The temperature was varied between 700◦C indicated by blue solid line, 750◦C depicted

in green solid line and 800◦C illustrated by orange solid line. When varying the operating temperature, the

humidified fuel mixture stated as T in Tab. 1 was used. It consisted of H2/H2O/N2=30/30/40, with the fuel

volume flow of 2 SLPM and the air volume flow of 1.6 SLPM. The measured polarization curves, as presented

in Fig. 10a, show decreasing OCV with the increasing temperature. In the fuel cell mode this results in the

increasing heat release, while in the electrolysis mode in the decreasing power required. Next, an increasing

operating temperature reduces the polarization losses thus flattening the curve. In the fuel cell mode, an

intersection point is observable and after this has been exceeded the losses are reduced. The Nyquist-plots

in Fig. 10b show that while increasing the operating temperature both the ohmic resistance and high- and

middle-frequency impedance decrease. The low-frequency processes would appear to be independent of

the operating temperature and the current density. Additionally, the DRT analysis was performed, which

showed a peak between the low- and middle-frequency range, the amplitude of which does not vary with the

varying temperature, but its time constant moves towards faster processes with the increasing temperature.

This can be linked to the water vapor transport in the fuel electrode, as observed in the simulation results

referred to above.

When varying the volume flow, the velocity and thus the variation of the gas components in the fuel channel

are influenced at the specific current density. The lower volume flow results in the faster variation of the

chemical potential and thus increasing losses during the electrochemical reactions. Moreover, reducing the
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volume flow leads to an increase in fuel utilization, thus reducing quantity of unused fuel components at the

fuel electrode outlet. The volume flow can also influence the temperature in the fuel cell system. The results

observed when varying the fuel volume flow (V) between 2 SLPM and 0.85 SLPM are shown in Figs. 10c and

10d. The furnace temperature was kept constant at 750◦C, whereas on the oxygen electrode the volume flow

was set to 1.6 SLPM. The fuel composition remained unchanged. By reducing the fuel flow from 2SLPM

(indicated by blue solid line) down to 0.85 SLPM (indicated by green solid line), the losses increased in

the entire load range, the impact of which is even more pronounced in electrolysis mode. The impedance

measurements showed no impact of the volume flow in the high-frequency range, but a significant difference

occurred in the low-frequency range. This is visible for both operating modes when increasing the operating

current density. In parallel, the time constant moves towards higher values thus leading to the conclusion

that losses occurred that can be traced back to the mass transfer effects in the gas channels on the fuel

side. In the electrolysis mode, additional losses occur in the middle-frequency range and they increase with

increasing current density. This occurs on lowering the exchange current density due to the decreasing water

vapor concentration, which thus causes higher activation losses.

Finally, the fuel gas composition was changed, in which the ratio between hydrogen and water vapor

concentration as well as fuel dilution in nitrogen were varied. The set operating parameters can be found in

Tab. 1, labeled as XF. The polarization curves in Fig. 10e show a clear dependence on the H2O quantity;

the higher H2O partial pressure, the flatter the curve and lower the losses. For the OCV the H2/H2O-ratio

is also of crucial importance according to the Nernst-equation, which is also confirmed by the measured

data. The more detailed insight into losses is visible in the Nyquist-plots in Fig. 10f. Increasing the nitrogen

quantity, which means intensified fuel dilution and lower hydrogen and also the water vapor quantity, result

in higher losses in the low-frequency range. If the H2O quantity on the fuel electrode is lower, the impedance

of the low- and middle-frequency range increase in the electrolysis mode with the increasing current density.

In the fuel cell mode, the difference between the impedance spectra is not so pronounced. This behavior

may occur as a consequence of asymmetric activation losses in the fuel electrode. Additionally, the water

vapor concentration increases in the fuel cell mode due to the restricted transport in the fuel electrode and

decreases in the electrolysis mode, thus amplifying the observed effect.

4.6. Relative error - simulation vs. measurement

In Fig. 11 the relative error is shown as the deviation of the simulated values in comparison to the

measured values at an average current density of 100 mA/cm2 in electrolysis mode and 200 mA/cm2 in fuel

cell mode for both transfer coefficients used (as discussed in Section 4.4). The error is illustrated for the

initial operating conditions given in Tab. 3, as well as for the variations performed for specific parameters

selected. When decreasing the water vapor quantity (down to 15 vol%) and volume flow on the fuel side

(down to 0.85 SLPM) as well as increasing the operating temperature up to 800◦C, the concentration losses
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Figure 10: Comparison of cell performance when varying operating temperature, fuel volume flow and fuel composition.
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and their impact on the cell performance increase, which is underestimated in the simulation model leading

to the higher voltages in fuel cell mode and lower voltages in electrolysis mode. With decreasing temperature

the impact of activation losses increases, for which the simulation, based on its dependency on the water

vapor concentration, shows lower losses in electrolysis mode and higher losses in fuel cell mode. Thus, since

individual errors show the same tendency in the electrolysis mode, the total relative error increases. In

contrast, in the fuel cell mode, the individual errors feature opposite tendencies, based on which the total

relative error seems to be lower. The higher transfer coefficient leads on the one hand to the higher activation

losses in electrolysis mode and lower losses in fuel cell mode, while on the other hand the dependency on the

gas composition is intensified, thus leading to lower losses in electrolysis mode and higher losses in fuel cell

mode. At a lower operating temperature of 700◦C the higher transfer coefficient results in a low error in

the fuel cell mode, since in this range the main deviation occurs due to the activation losses. To sum up,

−3 −2 −1 0

Initial conditions (Tab. 3)

xF = 45 %H2, 15 %H2O, 40 %N2

V̇F = 0.85 SLPM

ϑ = 700 ◦C

ϑ = 800 ◦C
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−1 0 1 2

frel / %

200 mA/cm2

Figure 11: Comparison of relative error between the simulated and measured cell voltage in both electrolysis and fuel cell mode
for transfer coefficients of 0, 75 and 0, 85 when varying operating conditions.

the transfer coefficient of 0.85 would appear to show a lower discrepancy between the simulation and the

experimental results, however, the activation losses are overestimated for low water vapor concentrations.

The general trends are thus better predicted when employing a transfer coefficient of 0.75, although the losses

are estimated to be lower. Nevertheless, since the gas composition as a function of the cross-sectional flow

field is neglected, which influences the activation losses, the discrepancies observed are plausible. Nevertheless,

for all the cases shown here, maximum relative errors of 3% in electrolysis mode and 1.5% in fuel cell mode

are observed, which implies very good agreement of the simulated and measured data and confirms the

suitability of the model developed to simulate processes within industrial-sized rSOCs.

5. Conclusion

This study gives a detailed insight into the operating behavior and loss mechanisms of industrial-sized

solid oxide cells operated in a reversible mode with hydrogen/water vapor mixture. A model based on physical
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parameters was used for this purpose, which aids in a better understanding of the processes and behavior

within the operating cell based on polarization curves, impedance data and specific losses illustrated. The

model was validated with respect to varying operating temperature, volume flow and fuel gas compositions

based on experiments performed in-house.

The simulated polarization curves are in a very good accordance with the measured data for both,

fuel cell and electrolysis mode. The discrepancy between the measured and simulated data increased: (i)

with the decreasing fuel volume flow in fuel cell mode, and (ii) with increasing operating temperature in

electrolysis mode. Regarding the Nyquist, the quantitative discrepancy was observed mainly in the middle-

and low frequency range, which is ascribed to the unconsidered effects occurring in the flow channels,

such as non-uniform gas distribution in the flow cross-section. Next, it was identified that a non-uniform

gas distribution in the flow channels has a greater influence on the voltage losses in electrolysis mode in

comparison to the fuel cell mode. Taking into account varying flow configurations, the numerical and

experimental studies showed no significant deviation between co-flow and counter-flow, whereby a more

uniform current density distribution was achieved for the counter-flow. This could be of great importance in

two cases: (i) when significantly increasing the operating currents thus increasing the heat losses, and (ii) for

the case of internal reforming of hydrocarbons. Considering different approaches for determination of the gas

distribution within the cell, the logarithmic averaging of the gas components between the inlet and outlet

provides similar results as when dividing the cell into segments. Thus, it can be used as an alternative to

reduce the computing time, especially for large systems. Focusing on the asymmetric activation losses that

occur, it is not possible to fully predict performance in the electrolysis mode when performing investigations

solely in fuel cell mode. However, comparing the numerical and experimental data for different operating

conditions, it is possible to link the processes that occur with the specific frequency ranges and to identify

losses. In order to increase the model accuracy, further steps are possible, but the model extension toward

the 3D model would be required, which would thus significantly increase the computing requirements.

In conclusion, it must be highlighted that the operating behavior of reversible solid oxide cells in industrial-

size can be predicted for both operating modes in a qualitatively adequate manner. The model developed

reveals the entire chemical and electrochemical analysis of the cells under investigation, enables performance

prediction and eventually its optimization.
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List of symbols

Table 4: List of symbols.

Symbol Description

SOFC Solid oxide fuel cell

Ni-YSZ Nickel-Yttrium-stabilized-Doped zirconia

SEM Scanning electron microsope

NOx Nitrogen-oxide

SOx Sulfur-oxide

CO2 Carbon-dioxide

O2− Oxygen-ion

YSZ Yttrium-stabilized-Zirconia

ϑO2
Volume fraction of oxygen

ϑN2 Volume fraction of nitrogen

Unernst Nernst voltage

∆rGT,p Gibbs energy change

nel Number of electrons

F Faraday constant

R Universal gas constant

T Cell operating temperature

PO2,ca
Cathodic oxygen partial pressure

PO2,an Anodic oxygen partial pressure

i Current density

i0 Equilibrium exchange current density

α Transfer coefficient

∆Φ Electrode over-voltage

∆UOhm(i) Ohmic losses

rA Anode-resistance

rE Electrolyte-resistance

rC Cathode-resistance

∆Uconc(i) Concentration losses

iL Limiting current density

D Diffusion coefficient of reactants

cTPB Reactants concentrations on the triple-phase boundary

δ Thickness of the diffusion layer
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DGM Dusty Gas Model

SEM Semi-electron microscopy

µ Dynamic viscosity

η Overvoltage

ξ Coordinate in electrode

δ Layer thickness

γ Pre-factor

Φg Porosity

τg Tortuosity

n Equivalent number and number of electrons released due to fuel utilization

A Cross-section area

N Molar flux

y Coordinate in flow channel

l Length of the electrochemically active area

b Width of the electrochemically active area

Bg Gas permeability

p Pressure

R Gas constant

t time

i Current density

z Area-specific resistance

L Inductivity

C Area-specific capacitance

i0 Exchange current density

i00 Exchange current density under standard conditions

M Molar mass

rp Pore radius

dp Particle diameter

ṡ Molar flux

v Velocity

V̇ Volume flow

F Transfer function for mass transfer in electrodes

G Transfer function for mass transfer in fuel channels

H Transfer function for charge transfer
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